The present work focuses on the hydrodynamics variation and mass transfer characteristics of Taylor flow along long serpentine microchannels with a square cross-section. The volumetric mass transfer coefficient (k L a) is regarded as the transient change value to characterize the gas-liquid mass transfer process of CO 2 in water. All experimental data of Taylor bubble are obtained from 1,000 continuously captured images. An online high-speed imaging method and the unit cell model are adopted in this study. The effects of gas and liquid flow rates, together with microchannel geometry are investigated on Taylor bubble characteristics in terms of length, velocity and the mass transfer performance.
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Taylor bubble length shrinks and subsequently plateaus out along the flow direction from the T-junction, resulting in the decrease in Taylor bubble velocity. k L a in a unit cell gradually decreases along the serpentine microchannel, and increases as the channel cross-sectional area decreases. As the gas flow rate increases under a given liquid flow rate, a critical point is found for the evolution of k L a and k L (that is the
Introduction
Microchannel reactors or microfluidic devices are gaining considerable attention from academia and industry for carrying out gas-liquid multiphase processes due to their capability to intensify transport processes, improve process control, increase safety and enhance compactness (Hessel et al., 2005; Günther et al., 2006; Yang et al., 2014; Gemoets et al., 2016; Li et al., 2017) . However, whether microchannel reactors are viable alternatives to the commonly-used macroscale multiphase reactors largely depends on the exploitation of their characteristics of hydrodynamics and mass transfer to be beneficial to the reaction process, the design and the operational optimization of the reactor (Salman et al., 2007; Zhao et al., 2013; Abolhasani et al., 2015; Sobieszuk and Napieralska, 2016) .
Gas-liquid multiphase flow through microchannels is considerably different from conventional macroscale channels, as the flow pattern of microscale two-phase flow predominated by Taylor flow or slug flow (van Steijn et al., 2007; Yue et al., 2008; Shao et al., 2009; Kashid et al., 2011) . Taylor flow is typically characterized by the presence of elongated gas bubbles with a length longer than the channel diameter or width, where such bubbles flow along the microchannel and are separated from each other by liquid slugs. These bubbles are also separated from the channel wall with a thin liquid film. Fig. 1 illustrates schematically a typical gas-liquid two-phase Taylor flow in a microchannel. It has been well observed that in Taylor flow, there is a recirculation within the liquid slug mainly due to the difference in the velocity field between the gas bubble and the liquid slug. It is the recirculation that can significantly enhance local mixing leading to augmented heat and mass transfer (i) in the radial direction within the liquid slug, and (ii) in the axial dispersion across the gas-liquid interface (Kececi et al. 2009; Su et al. 2012 ). In addition, the axial dispersion can be greatly reduced due to the segmentation of gas bubbles and liquid slugs compared to laminar flow (Pedersen and Horvath, 1981; Jia and Zhang, 2016) . Moreover, the mass transfer or mixing between liquid film and liquid slug is believed to be controlled by leakage flow and molecular diffusion (Sobieszuk et al., 2012; Yao et al., 2015b) . As a result, the combination of enhanced transport phenomena (local mixing) and suppressed axial dispersion (backmixing) makes Taylor flow an ideal hydrodynamic regime for applications in gas-liquid two-phase systems.
In the development and design of microchannel devices for fast gas-liquid two-phase processes, it has been demonstrated that the mass transfer from gas bubbles to the surrounding liquid phase (bulk slugs and thin film) is an important limiting factor (Irandoust and Andersson, 1988; Kreutzer et al., 2001; van Baten and Krishna, 2004) . Therefore, reliable determination of the liquid phase volumetric mass transfer coefficient (k L a), for gas-liquid mass transfer, becomes crucial to characterize this multiphase flow process.
Mass transfer in gas-liquid flow in microchannels has been intensively investigated with numerical and experimental methods, while a number of empirical or semi-theoretical correlations have also been proposed. Berčič and Pintar (1997) put forward an empirical correlation based on a unit cell model for predicting k L a in methane-water system. The unit cell was composed of a bubble and its adjacent slug, or a slug and its adjacent two half bubbles (Fig. 1) . The offline experimental results, where the inlet and outlet effects were difficult to be eliminated, showed k L a to be mainly determined by two-phase superficial velocity and the length of unit cell:
Considering the contribution from two hemispherical caps and the thin liquid film surrounding the bubble, van Baten and Krishna (2004) adopted a more fundamental correlation based on the unit cell model and the unsteady-state diffusion model of Pigford:
However, the correlation was based on a circular channel, thus not suitable for square channels because of the thicker liquid film (Han et al., 2011) and the intensive leakage flow in the corners (Yao et al., 2015b) . On the basis of the experimental results, Yue et al. (2009) obtained an improved empirical correlation with reasonable predicting accuracy in the square microchannel according to Eq. (2). Subsequently, a modified correlation was developed by Vandu et al. (2005) based on the correlation of van Baten and Krishna (2004) with the additional assumption that the main contribution to mass transfer was from the liquid film (Eq. (3)). This model was well supported by their experimental results for air-water system.
Although the above correlations based on the unit cell model were found to be in good agreement with their respective offline experimental results, they still face difficulties to fit to the processes of quick dissolution or high solubility of gases in liquids. The difficulties are mainly associated with the change in mass transfer due to gas solubility and the resulted evolution of the bubble volume along the microchannel.
These changes can be pronounced in medium or high solubility system, such as CO 2 -water, CO 2 -amines (Abolhasani et al., 2012; Cubaud et al., 2012; Li et al., 2012) .
In particular, CO 2 -water system has been found suitable for studying gas-liquid mass transfer characteristics in microscale devices, even considered as a benchmark system (Yue et al., 2007; Sobieszuk et al., 2011; Yao et al., 2014a Yao et al., , 2014b . To enable the characterization of the system dynamics, much effort has been devoted to the development of online or in situ measurement methods employed (Abolhasani et al., 2012; Li et al., 2012; Tan et al., 2012; Cubaud et al., 2012; Yao et al., 2014a; Shim et al., 2014; Abolhasani et al., 2015) . For example, Cubaud et al. (2012) experimentally examined the evolution of CO 2 bubbles dissolving in water using long serpentine microchannels, and individual bubbles along the flow direction were tracked to establish the functional relationship between bubble size and velocity. For systematic and rapid investigation of CO 2 mass transfer and solubility in physical solvents, Abolhasani et al. (2012) proposed an automated microfluidic approach using high-speed photography method. The volumetric liquid phase mass transfer coefficients of CO 2 -dimethyl carbonate system were estimated from the measured rate of bubble shrinkage with constant initial slug length. Subsequently, they took advantage of an image-based feedback strategy to automatically determine the length reduction of initially uniformly sized gas slugs at different positions along the microchannels and elucidate the gas concentration within adjacent liquid segments. Li et al. (2012) measured accurately the kinetics of fast gas-liquid reactions by online analysis of time-dependent changes in bubble size for CO 2 -secondary amines system. Tan et al. (2012) obtained the overall mass transfer coefficient in the flowing stage by online measuring the change of gas slug volume versus flowing distance, and put forward semi-empirical equations based on the experimental results. Furthermore, a combined approach of the online high-speed photography and the unit cell model was adopted by Yao et al. (2014a) , and the mass transfer was determined based on the absorption rate of CO 2 gas bubbles in water. However, there still remains a lack of understanding of the mechanism especially the dynamics details during the dissolution of gas bubbles and the evolution of k L a along microchannels (Abiev et al., 2017) .
The aim of the present work was to quantitatively characterize the dynamic process of a gas-liquid system with medium gas solubility. Polymethyl methacrylate (PMMA) microfluidic devices with long serpentine square microchannel were designed and fabricated having a range of channel geometries selected. An online measurement technique with a high-speed camera and a stereo microscope was employed to measure the evolution of the bubble size during CO 2 absorption process in water along the microchannel. A unit cell model was further combined with the online measurement to investigate the dynamics of gas-liquid two-phase mass transfer through the analysis of bubble and slug lengths. The influence of channel geometry was also studied on the volumetric mass transfer coefficient in a unit cell. Finally, the volumetric liquid phase mass transfer coefficients along the serpentine microchannel obtained experimentally in this work were compared with three correlations from the literature.
Experimental section
The schematic of the experimental setup is shown in Fig. 2 (a). Two high pressure syringe pumps (LSP01-1BH, Longer) and two stainless steel syringes (full scale 50 mL, made in-house) were used to deliver gas and liquid, respectively. The liquid flow rate under each run was calibrated by weighing method, as well as the gas flow rate by automated electronic soap film flowmeter (GL-101B, 0.1~100 mL/min, accuracy of 1%, Beijing Beifen Sanpu, China). The gas and liquid flow rate were set in the range of 0.5~5.5 mL/min and 0.5~2.5 mL/min, respectively. Reynolds numbers were controlled in the range of 124~232. Pure CO 2 (99.999%) and deionized water were Table 1 . These devices were fabricated on PMMA plates (A grade, 92% of light transmittance, ShenZhen HuiLi Acrylic Products Co., Ltd.) by precision milling technology and sealed by thermal sealing. To reduce the footprint of these devices, the long serpentine microchannels were made into multiple channels arranged in parallel and connected with circular bends. 
Model for mass transfer coefficient
A unit cell model for Taylor flow was adopted in this work (van Baten and Krishna, 2004; Yao et al., 2014a) , as shown in Fig. 1 . The assumptions of the model are that: (i) gas and liquid phases are well-mixed in each unit cell; (ii) each unit cell is considered as a plug flow; (iii) mass transfer from gas to liquid phase only happens in a unit cell;
(iv) the adjacent unit cells are mutually independent, where no mass transfer exists.
According to the above assumptions, the mass balance of CO 2 in the liquid phase can be determined by: Eq. (4) can be further rearranged to:
where X denotes the distance from the T-junction, mm; B U is the gas bubble velocity, m/s.
In the present work, the gas phase pressure is close to atmosphere pressure and The gas phase volume in a unit cell along a serpentine microchannel has been estimated by our previous research (Yao et al., 2015b) :
where I is the radius of the quadrant at the corner and can be obtained from the C was calculated from Eq. (7). From Eqs. (6-11) and the captured images, the evolution of the volumetric liquid phase mass transfer coefficient k L a in a unit cell along the microchannel can be determined. The results (Fig. 3(a) ) showed, at a given liquid flow rate of 2.0 mL/min, the Taylor bubble length 2 CO L decreased when flowing along the channel. That trend applied to all four selected gas flow rate levels, while increasing gas flow rate resulted in increase in 2 CO L at both T-junction and along the microchannel. In contrast, at a given gas flow rate 2 CO L decreased with the increase of the liquid flow rate (Fig. 3(b) ). In this section, the capillary numbers were low (0.001<Ca<0.004), so the formation of Taylor bubbles was believed to be controlled by the squeezing regime (Garstecki et al., 2006; Fu et al., 2015) . However, as further increasing in capillary number to 0.707, the flow regime in the liquid slug changes from circulation flow to bypass flow (Abiev, 2009) , which is beyond the scope of our work. In circulation flow regime, the Garstecki model or its modified model can be applied to predict the initial Taylor bubble size at the T-junction (Garstecki et al., 2006; Xu et al., 2008; Yao et al., 2015a) . with the length where both velocity and bubble length keep changing (Warnier et al., 2010) . However, the pressure drop between inlet and outlet in our study was very low (the maximum pressure drop <6.6 kPa) and the microchannel length was relatively long (>250 mm). Therefore, the evolution of the local pressure along the microchannel was found to be insignificant. As a result, a linear correlation can be reasonably adopted in this work to represent the relationship between the pressure drop and the location along the flow direction. However, its effect on flow dynamics can be more complex than the CO 2 dissolution. On one hand, the reduction of the pressure drop along the flow direction induced expansion of the Taylor bubble. On the other hand, the increase of local pressure caused by the existence of pressure drop in the long microchannel was in favor of intensifying CO 2 dissolution processes. This suggested that the Taylor bubble length should firstly shrink and subsequently increase along the flow direction from the T-junction considering the pressure drop as only one factor. to the liquid slug, and (ii) across the sides of the Taylor bubble to the surrounding liquid film (Kreutzer, 2003; van Baten and Krishna, 2004) . In a microchannel with square cross section, the liquid film can be further divided into two areas, at channel center and at four corners ( Fig. 1(b) ). As the film thickness (δ) at the center of the channel wall was much smaller than that at four corners (δ corner ), the liquid film at wall center can be saturated preferably compared to the liquid film at four corners and the liquid slug.
Results and Discussion

Gas bubble length and velocity
To what extent, whether the liquid film is saturated that can be determined from the Fourier number (Pohorecki, 2007) , Fo, that is the ratio of the contact time of gas bubble with liquid film t C to the time needed for liquid film saturation at wall center,
The resulting Fo numbers in our experiments are illustrated in Fig. 7 at varying flow rate levels. The low values of Fo number (< 0.75) indicated the liquid film at wall center to be less saturated. The contribution of the liquid film at wall center to the overall mass transfer in a unit cell is also important, where the contact area between the liquid film and the gas bubble in a unit cell is regarded as the effective mass transfer area. The overall effective mass transfer area can be determined according to the evolution of Taylor bubble using Eq. (12).
The effects of the gas flow rate on the specific interfacial area (a=A S /(V L +V G ) and the liquid phase mass transfer coefficient (k L ) in a unit cell along the serpentine microchannel were shown in Fig. 8(a) and Fig. 9(a) , respectively. Also, the effects of the liquid flow rate at a given gas flow rate were shown in Fig. 8(b) and Fig. 9(b) . The results showed that a and k L gradually decreased along the serpentine microchannel.
Due to the CO 2 absorption in water along the serpentine microchannel, the CO 2 bubble velocity decreased, and then the leakage flow in the liquid film and the circulation in the liquid slug became partly weakened (Yao et al., 2015b; Abolhasani et al., 2015) , eventually, leading to the reduction in liquid phase mass transfer coefficient. The decrease in the specific interfacial area was mainly induced by the reduction in CO 2 bubble length along the serpentine microchannel as a result of decrease in the liquid film length (Figs. 3 & 8) . In addition, the slope of the specific interfacial area in Fig. 8(a) decreased gradually along the flow direction, indicating the shrinkage of the CO 2 bubble length being decelerated significantly by the CO 2 dissolution in water.
As seen in Fig. 9(a) , there is a critical channel position (X = 40 mm) where the profile of liquid phase mass transfer coefficient k L differs with varying gas flow rate at a given liquid flow rate. This is similar to the observation for k L a (Fig. 6(a) ). In general, k L in a unit cell is mainly determined by the surface renewal velocity of liquid phase, which is controlled by the circulation in the liquid slug and the leakage flow in the liquid film. On one hand, the circulation in the liquid slug is intensified by reduction in liquid slug length due to the increase of the gas flow rate, which is in favor of the increase of k L . On the other hand, the increase in Taylor bubble length can lead to the increase in liquid film length. This film length increase can further partly inhibit the liquid exchange between the liquid slug and the liquid film through the leakage flow in the film, especially in the four corners, resulting in k L decrease. The experimental results (Fig. 9(a) ) indicated that the contribution of the circulation in the liquid slug to k L was dominant prior to the critical position compared to the leakage flow in the liquid film. On the contrary, with the accumulation of CO 2 concentration in the bulk slugs, the effects of the leakage flow in the liquid film on k L were dominant after the critical point compared to the circulation in the liquid slug.
As shown in Fig. 3(a) , for a unit cell at the same location along the flow direction, the length of the Taylor bubble increased with the increase of the gas flow rate, indicating an increase in the overall effective mass transfer area A S . Moreover, the frequencies of liquid slug formation at the T-junction increased with increase in gas flow rate for a given liquid flow rate in our experiments, resulting in a decrease in liquid phase volume V L . Thus, the specific interfacial area was enlarged intensively according to the evolution of A S and V L with the increase of the gas flow rate, as shown in Fig. 8(a) . It was the results of the interplay of the above competitive factors that determined the overall volumetric mass transfer coefficient in a unit cell along the flow direction.
As discussed above, k L was mainly controlled by the circulation in the liquid slug and the leakage flow in the liquid film. The Taylor bubble length decreased with the increasing liquid flow rate, which led to the reduction in liquid film length. Thus, the liquid exchange between the liquid slug and the liquid film through the leakage flow in the film was enhanced, that further improved the liquid phase mass transfer coefficient. On the other hand, the liquid slug length also increased with increasing liquid flow rate at a given gas flow rate (Yao et al., 2013) . That led to circulation weakened in the liquid slug. Our experimental results (Fig. 9(b) ) suggested that the liquid phase mass transfer coefficient was largely controlled by the leakage flow in the liquid film under these operating conditions.
In addition, the increase in liquid flow rate caused the decrease in Taylor bubble length and, in turn, the overall effective mass transfer area for a given gas flow rate in a unit cell (Fig. 3(b) & Fig. 8(b) ). Meanwhile, the volume of CO 2 bubble decreased in a unit cell. This can be attributed to the increasing liquid phase absorption capacity and the interfacial concentration gradient, which facilitated CO 2 absorption at the gas-liquid interface. So, the specific interfacial area decreased with increase in liquid flow rate (Fig. 8(b) ). All the observation suggested that the contribution of the liquid phase mass transfer coefficient to the volumetric liquid phase mass transfer coefficient dominated over the specific interfacial area under the operating conditions investigated.
Effects of the channel geometry
The CO 2 absorption in water was carried out in square channels with different width (or depth), i.e. 0.4 mm, 0.6 mm, 0.8 mm and 1.0 mm. All these microchannels had the same T-junction and channel length (Table 1 ). The ratio of the gas-liquid volumetric flow rate and Reynolds number (Re) at the entrance of the microchannels were kept constant. In general, the gas-liquid two-phase superficial velocity increased with the decrease in channel width under these operating conditions. This was also reflected by the evolution of the Taylor bubble velocity observed (Fig. 10(b) ). The high liquid superficial velocity promoted the rupture of Taylor bubbles because of the rapid penetration of liquid phase into gas phase at the T-junction, where shorter CO 2 bubbles were created ( Fig. 10(a) ). The effects of microchannel geometry on mass transfer performance in these microchannels are presented in Fig. 11 . The variations in k L a along flow direction in four channels showed a similar trend, i.e., k L a decreased when bubbles/slugs travelling down the channel. Moreover, k L a in a unit cell increased with decreasing channel hydraulic diameter. For the smallest channel the rate of decline in k L a was significantly greater than that of others before the critical point (X=120 mm). In this case, the fast CO 2 dissolution in water increased the CO 2 concentration in liquid phase at a higher rate towards the saturation of CO 2 -water system in a shorter distance (<120 mm). (Fig. 12) . However, the slope of the evolution curve for k L a and k L became larger when the Taylor bubble length was reduced to a certain extent, as shown in Figs.11 &12.
Furthermore, the interfacial area available for mass transfer increased. Moreover, the internal circulation and the mixing in the liquid slugs were intensified due to the shorter liquid slugs (Su et al. 2012) . Then, the surface renewal velocity of liquid phase was also enhanced which increased the concentration gradients at gas-liquid two-phase interface and further improved k L . This indicated that k L and a were all intensified by decreasing the channel size. However, the mass transfer is a dynamic process during gas-liquid Taylor flow where many parameters change such as bubble size, k L and a along the microchannel. Thus, these models likely neglected the impact of such dynamic changes on two-phase mass transfer behavior. In addition, it is worthy of note that in our model the length of the unit cell (L G +L S ) was significantly lower (for at least one order of magnitude) than those used by the three previous models, that can improve the result accuracy. However, the existence of the critical point for k L , which is mainly determined by the circulation in the liquid slug and the leakage flow in the liquid film, can be attributed to a number of factors, such as liquid viscosity, gas-liquid interfacial tension, liquid-solid surface tension, microchannel geometry, liquid velocity, and bubble velocity, etc. In order to elucidate the mechanism of such complex systems involving many influencing factors, further investigation is needed, which is ongoing in our laboratories. Regarding the effects of microchannel geometry, a small channel width was found in favor of intensifying gas-liquid two-phase mass transfer. Finally, the volumetric liquid phase mass transfer coefficients along the serpentine microchannel obtained experimentally in this work were compared with three previously reported models. It was found the previous models failed to predict the evolution, in particular, the variation of k L a along the serpentine microchannel. All these findings in this work provide important information to understand the dynamic change of gas-liquid Taylor flow mass transfer in microchannels. These can be potentially applied for designing and optimizing gas-liquid multiphase microreactors in the future. 
